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Abstract

The hydrodynamic characteristics in the bottom region of circulating fluidized bed (CFB) risers with fluid catalytic cracking (FCC) particles were
studied over a wide range of operating conditions. The results included radial solids concentration and corresponding radial profiles of standard
deviation, particle velocity profiles, and probability density distributions. Comparisons were made between the flow structures in the riser bottom

region and those in bubbling and turbulent fluidized beds.
© 2008 Elsevier B.V. All rights reserved.
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1. Introduction

Since 1970s, circulating fluidized beds (CFBs) have been
widely applied in the chemical, petrochemical, metallurgical,
environmental and energy industries [1-3]. In order to contin-
uously improve the design efficiency and performance of the
existing industrial processes and facilitate new applications,
intensive studies have been conducted to obtain more detailed
and reliable fundamental knowledge about CFB [4—7]. Although
the hydrodynamics of CFBs have been investigated to some
extent both in industry and in academia, much remains to be
known about this special multi-phase fluidization system, espe-
cially in its bottom dense region [1].

It is well known that, the solids holdup in a CFB riser varies
strongly with axial and radial positions. This non-uniform solids
distribution can affect the flow structures and further affect the
reaction rates, the mass and heat transfer, and erosion within
the riser [8]. Due to its importance, the solids distribution in a
riser has been the subject of a number of studies reported in the
literature. Previous studies have shown that, in general, the axial
profiles of solids concentration in a CFB riser can be divided
into three regions: a dense region at the bottom, a dilute region
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at the top, and a transition region between, as shown in Fig. 1
[4,5,9-11]. The operating conditions [5,11,12], system structure
[13,14], solids inventory [15], particle and gas properties [16,17]
have all been found to influence the solids distributions in the
riser. For example, at a constant gas velocity, increasing solids
flow rate leads to a denser bottom region and an increased dense
region height, whereas an increase in gas velocity at a constant
solids flow rate reduces the height of the dense region and causes
dilution of this region [18].

Research on the local flow structures in CFB risers reveals that
the radial solids distribution profiles are influenced by both the
operating conditions and height. It is generally accepted that, in
the upper dilute region of ariser, there exists a core—annulus flow
structure with a rapid upflowing dilute core region surrounded by
a relatively dense annulus, where solids may travel downwards
on average or upwards at a much slower velocity [5,16,19-21].
Decreasing the superficial gas velocity or increasing the solids
circulation rate has been found to steepen the radial voidage
profile, and the extent of lateral solids segregation increases with
increasing solids mass flux [22].

In contrast to the upper dilute region, which has received more
attention and whose flow structure is relatively clear now, there is
significant controversy in the literature on the actual mechanics
in the bottom region and what flow regimes can be applied to
this region. There are mainly two opinions in the literature:

(1) Bubbling flow regime. Svensson et al. [23] suggested
from pressure measurements that the bottom region of
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Nomenclature

Gy solids flow rate (kg/(m2 S))

r radial coordinate (m)

R radius of column (m)

U, superficial velocity of gas (m/s)

Vpup  mean upflowing particle velocity
Vp.down mean downflowing particle velocity
Z height above gas distributor (m)
Greek symbols

& solids volume concentration

Es solids average volume concentration
o standard deviation

CFB risers was in an ‘exploding bubble regime’. With a
momentum probe and capacitance tomography technique
Rhodes et al. [5] found that a bubbling flow regime with
a core—annulus flow structure existed in the lower dense
region. Both the two studies used Group B particles. In
the study of Svensson et al. [23], the particle diameter was
320 wm with 2600 kg/m?® density and in the study of Rhodes
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Fig. 1. Axial bed voidage profile observed in the riser of circulating fluidized
bed [1].

etal. [5], the particle diameter was 100 wm with 2650 kg/m>
density.

(2) Turbulent flow regime. With the measurements of differ-
ential pressure probe and solids momentum probe using
FCC particles (dp=51.9 pm and p, =2650 kg/m3), Bai et
al. [24] described the bottom dense region as “a more radial
homogeneous cluster-dominating turbulent pattern”.

The above investigations show that, although previous stud-
ies have given some insight into the flow structure of the bottom
region in CFB risers, up to now no general agreement about the
flow structure in this region has been reached and this area of
fluidization research has not received much attention so far. The
flow structures in the bottom region are critical to the overall
hydrodynamics in circulating fluidized beds. The bottom region
serves as an initial gas—solid mixing section for the whole riser.
Due to the high solids holdup and the high reactant concentra-
tions, a significant portion of the reaction can take place in this
region [25,26]. Moreover, good descriptions of the flow behav-
ior are essential to develop and valid predictable reactor models.
Most of the early efforts were in CFB research focused on the
upper dilute region or under very low solids mass flux condi-
tions [27-31]. This may partly be due to the relatively complex
flow behavior under high-density conditions, especially in the
bottom region. Therefore, it is necessary to study the hydrody-
namics of gas—solid flow in the bottom region of risers under
high-flux and/or high-density conditions.

The purpose of this study was to provide a new perspective
and detailed picture of the flow state in the CFB riser bottom
region based on the measurements of local solids concentration
and velocity over a wide range of operating conditions. The
present work also examined the influence of riser diameter.

2. Experimental system

Experiments were conducted in a circulating fluidized bed
system shown schematically in Fig. 2. It consisted of two 10-m
long risers of 0.076- and 0.203-m diameters. The same down-
comer (storage tank) of internal diameter 0.32 m was utilized.
Solids used were spent fluid catalytic cracking (FCC) catalyst
particles having a Sauter mean diameter of 65 um and a parti-
cle density of 1780kg/m>. After passing a short inclined pipe
section, the solids from the storage tank entered the riser bot-
tom 0.21 m above the gas distributor and were accelerated by
air in near ambient temperature. At the riser top, the entrained
solids passed through a smooth exit into the primary, secondary
and tertiary cyclone. The final gas—solids separation took place
in a large capacity bag filter from which collected particles
were recycled to the downcomer. Air was introduced into the
riser bottoms through perforated distributor plates of 14% free
area.

Reflective-type optical fiber probes are effective tools for
measuring local voidage in fluidized beds, and they have been
widely used (e.g. [32-35]). Their small size does not signifi-
cantly disturb the overall flow structure [36]. More importantly,
they are nearly free of interference by temperature, humidity,
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Fig. 2. Schematic drawing of the circulating fluidized bed risers.

electrostatics and electromagnetic fields [37]. This study uti-
lized a model PV-5 optical fiber probe which was developed
by the Institute of Process Engineering, Chinese Academy of
Sciences, Beijing, China. The probe was capable of measuring
instantaneous solids concentration and velocity simultaneously.
The probe, 4 mm in diameter, consisted of two sub-probes, each
with an active tip area of ] mm x 1 mm cross-section. The sepa-
ration distance between the two tips was 1.7 mm. Each sub-probe
consisted of both light-emitting and light-receiving quartz fibers,
arranged in alternating arrays of emitting and receiving layers
of fibers. The diameter of each fiber was 25 pm. In order to pre-
vent particles from occupying the probe’s blind zone, a 0.2-mm
thick glass cover was placed over the probe tip. A schematic
drawing is shown in Fig. 3. The light reflected by the particles
was transmitted by the fibers to two photo-multipliers, one for
each probe where it was converted into voltage signals. The
voltage signals were then acquired by a PC-based data sampling
system.

Because of the non-linear relationship between the output sig-
nals of the optical fiber probe and the solids concentration in the
measurement volume [37,38], reliable calibration was required
to ensure accurate measurements. In this study, the calibration
was carried out in a gas—solid downer system. The particles used
in the calibration were the same to those used in the fluidization
tests in this study. The calibrated solids volume concentration
ranged from O to 0.56 corresponding to the solids concentra-
tion in a loosely packed bed. The downer column diameter was

T To receiver

From light source
-

‘ To receiver

Fig. 3. Schematic of the solids concentration—velocity fiber optic probe.

13 mm, which was small enough to get a local measurement
from cross-sectionally averaged value. Details of the calibration
system were described by Zhang et al. [37]. The two sub-probes
enable measurement of the instantaneous local solids velocity.
Vertically moving particles, in principle, passed the tips of both
sub-probes vertically aligned one above the other, and gave sim-
ilar signals, but shifted in time. The time delay, obtained by
cross-correlating the two signal series, yields the velocity of the
particles moving in front of the probe tip. Fig. 3 shows the opti-
cal measurement system and details of the probe tips. With the
aid of this measuring technique, it was possible to derive a vir-
tually complete picture of local solids flows at the bottom of
riser.

The probe was mounted at an axial level of 1.5 m above the
gas distributor and was laterally movable. Local solids volume
concentration (gs) and velocity (V},) were measured at eleven
radial positions (r/R=0.0, 0.16, 0.38, 0.50, 0.59, 0.67, 0.74,
0.81, 0.87, 0.92 and 0.98) under a wide range of operating con-
ditions given in Table 1. To ensure the validity and repeatability
of sampled signals, the sampling time was 13.1s with a fre-
quency of 50kHz and the measurements were repeated at least
five times at each position. This combination of the sampling
rate and duration ensured that the full spectra of hydrodynamic
signals of interest were captured from the fluidized bed. For
the calculation of the solids velocities, an integration time ¢ of
20.5 ms was set, and there were 630 groups for each sampling.
Valid particle velocity values must have a cross-correlation coef-
ficient higher than 0.6 [39]. Time-averaged particle velocity was
calculated over the sampling period of 13.1s. The upward and
downward particle movements were determined based on the
maximum cross-correlation coefficient from the forward and
backward correlation of the signals, respectively.

Table 1
Operating conditions in two risers

Riser i.d. (m) U, (m/s) G; (kg/(m?s))
0.076, 0.203 2.0 50
0.076, 0.203 35 50
0.076 8.0 50
0.076 8.0 200
0.076 8.0 400
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Fig. 4. Axial solids holdup distributions in the 0.076-m i.d. riser of our twin
riser system [18,40].

3. Results and discussion
3.1. Density variation in the bottom region

Fig. 4 plots the axial profiles of mean solids con-
centrations in 76-mm i.d. riser for different solids flow
rates (Gs=50-400kg/(m?s)), and superficial gas velocities
(Ug =3.5-8m/s) obtained from our previous studies [18,40].
Measurements were taken in the riser, by averaging the local
solids concentrations measured at 10 radial positions (exclud-
ing the center point). The axial solids distribution profiles clearly
provide evidence that the solids concentration is a strong func-
tion of bed height and operating conditions. Depending on the
operating conditions, three axial solids distribution profiles can
be observed in Fig. 4: (1) dilute uniform axial profile with con-
stant solids volume concentration (&5 < 0.02) throughout the
entire riser; (2) exponential profile with continuous decreasing
solids concentration with the bed height (if the bottom-most data
point Z= 1.5 m was left out) until reaching a constant value at the
upper section of the riser; and (3) S-shaped profile with a stable
dense region at the bottom (85 > 0.1) and dilute region at the top
of the riser, suggesting limited variation in solids concentration.
Similar axial solids concentration profiles have been reported
elsewhere (e.g. [5,8,25,41-43]). According to cross-sectional
averaged solids concentration (£g), two kinds of riser bottom
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Fig. 5. Effects of operation conditions on radial solids concentration (Z=1.5m,
0.076-mi.d.).

region can be defined: (1) dilute bottom region with & < 0.1,
without the formation of the S-shaped axial solids concentra-
tion profile and (2) dense bottom region with & > 0.1, leading
to a S-shaped axial solids concentration profile. This tentative
demarcation of & > 0.1 was based on our current experimental
data.

3.2. Radial solids distribution in the bottom region

Fig. 5 plots the effects of operating conditions (U, Gs) on
the radial profiles of time-averaged solids concentration in the
bottom region (Z=1.5m) of the 0.076-m i.d. riser. In general,
the radial solids concentration profile is non-uniform under all
operating conditions, and this non-uniformity increased with
increasing solids circulation rate, G, and/or decreasing superfi-
cial gas velocity, U,. The shape of the radial profiles appears to
have two regions at high-density conditions: a central region up
to /R =0.5-0.6, where the solids concentration is low and rela-
tively constant, and a wall region of higher solids concentration
where the increase in &5 towards the wall augments significantly.
Such core—annulus structure was also reported in other stud-
ies (e.g. [5,21,25,44]). It is worth noting that the solids volume
concentrations in the core region of riser (0 <#/R<0.5) is not
significantly sensitive to the changes in operating conditions. At
Gs=50kg/(m? s) and U, =8.0m/s, the radial profile is nearly
flat over the whole cross-section, with the overall cross-sectional
solids concentration of 0.01, which is the characteristic of the
dilute pneumatic transport regime.

The cross-sectional average solids concentrations for the
above five operating conditions are summarized in Table 2. Com-
bining the axial solids concentration profiles (Fig. 4) and the
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Table 2
Cross-sectional average solids concentration

Uy =2.0mv/s, Gy =50kg/(m? 5) 0.16
Uy =3.5m/s, Gy =50kg/(m? s) 0.08
Uy =8.0m/s, G =50kg/(m? s) 0.01
Uy =8.0m/s, Gy =200kg/(m? s) 0.11
Uy =8.0m/s, Gy =400 kg/(m? s) 0.21

radial solids concentration (Fig. 5), one can conclude that the
appearance of core—annulus flow structure with a dilute uniform
core region surrounded by a dense annulus region in the bottom
region coincides with high solids volumetric concentrations of
more than 0.1, which also corresponds to the establishment of
S-shaped axial solids distribution profile in the riser. Further
increasing G and/or decreasing U only leads to a significant
increase in solids concentration in the region /R > 0.6, and this
quick increasing density region extends inwards with increas-
ing cross-sectional average solids concentrations. This indicates
that the operating conditions have greater influence on the wall
region than on the core region. This core—annulus flow structure
in the dense bottom region, which has also been observed by
other researchers (e.g. [45,46]), is clearly different from that in
a bubbling fluidized bed, where a rather uniform radial solids
distribution profile has been found [47].

3.3. Radial particle velocity profiles in the bottom region

Up to now, only limited experimental local particle velocity
data are available in the literature for the riser bottom region with
FCC particles. The time average upflowing and downflowing
particle velocities, Vpup and Vp qown, respectively, are plotted

in Fig. 6 as a function of the radial distance from the column
axis for Z=1.5m and at a fixed G, =50kg/(m?s) and Ug=2,
3.5m/s and for the same location with Uy =8 m/s and G5 =200
and 400 kg/(m? s).

It can be seen clearly in Fig. 6 that the particles move both
up and down across the whole section in the bottom region, but
the shapes of the radial profiles are different for the upflowing
and downflowing particle velocity. For the upflowing velocity,
Vp.up» the maximum always appears at the central region and
Vp.up has a relatively flat radial distribution at the center region,
but a very steep velocity decrease as the radial position shifts
towards the wall. The flatter particle velocity zone and the steep
zone correspond to the dilute uniform core region and the dense
wall region, respectively. At Ug =8 m/s, the maximum and mini-
mum Vp yp (at 7/R=0.0 and 0.98, respectively) vary slightly with
Gs. The area of the high and uniform V), y, region in the core
region extends outwards towards the wall as the cross-sectional
average solids concentration decreases, e.g. with increasing U,
at a given G; or decreasing Gy at a constant U,. Furthermore,
it can be observed that V},y, does not change significantly at
the wall for all operating conditions remaining approximately
equal to 0.8 m/s, which may be attributed to the strong wall
effects and dense conditions. Under all operating conditions, the
largest V}, up appears at the center, and decreases with increas-
ing #/R and reaches its lowest magnitude at the wall. Comparing
with Vpup, Vp.down changes insignificantly with radial positions
in the bottom region. The only exception happens for the oper-
ating condition of Uy =3.5m/s and G5 =50 kg/(m? s), where the
largest magnitude of V}, gown appears in the middle region of
r/R=0.7-0.8. Increasing Gs at a given U, appear to have no
effects either on the value or on the radial profile of V}, gown. It
reflects that in the dense bottom region the downflowing particle
movements are dominated by particle—particle interactions, and
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Fig. 6. Particle velocity profiles in 0.076 m riser under various operation conditions.
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Fig. 7. Effects of column diameter on the radial solids concentration and fluc-
tuation distribution in riser bottom region.

the downward movements of particles are further impeded by
high-density conditions towards the wall.

3.4. Effects of column diameter on the radial solids
concentration profile

Fig. 7 shows the radial solids distribution profiles in the bot-
tom regions (Z=1.5m) of 76- and 203-mm diameter risers for a
fixed solids flux of 50 kg/(m? s) and superficial gas velocities of
2 and 3.5 m/s. The results clearly show a relationship between
column diameter and the cross-sectional average solids concen-
tration. Under the same operating conditions, the larger riser is
much denser than the smaller one, especially at Uy =3.5m/s,
with & = 0.085 in the 76-mm diameter riser and &5 = 0.132
in the 203-mm diameter riser. The most significant differences
are in the near wall region (r/R>0.5). More explanation has
been provided elsewhere [40]. However, there are no significant
changes in the general trend of the profiles, all of which have
a dilute and uniform central region and a dense annulus region
where the solids holdup increases sharply toward the wall.

The corresponding radial profiles of the standard devia-
tion of solids concentration fluctuations in Fig. 7 also confirm
the marked influence of the column size. The larger diameter
riser results in a higher solids concentration, and consequently
increases the tendency of solids aggregation and the magnitude
of fluctuations, reflected by the higher standard deviations. The
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Fig. 8. Comparison of radial solids concentration distribution in the riser bottom
region and TFB/BFB.

higher standard deviation in fluidized bed suggests a more vigor-
ous particle—particle interactions and gas—particle interactions at
that position [11,21]. The maximum standard deviation always
occurs at some distance from the wall, except for the lean case
(85 < 0.1), where the maximum location is at the wall. And,
the location of the maximum standard deviation moves slightly
inwards with increasing average cross-sectional averaged solids
concentration. Issangya et al. [21] also reported a similar trend
of the maximum standard deviation locations, and they further
treated this phenomenon as a possible distinguishing feature of
high-density risers.

3.5. Bubbling or turbulent flow regime?

Although in the literature there are few papers focused on
the bottom dense region in a CFB riser, significant controversy

U, (mis) G,(kg/m’s)

e 2.0 50 CFB(0.203m i.d.)
4 09 TFB(0.267m i.d.)
E 2 » [} [ ]
£ e,
2,0 a A -
g A A L, [ ]
2 Aaalt
> 0
_‘43 3 A A 4 a4, Laa
t 1 ]
[ e e L]
B ? P [ ] o & o
-2 T ! T T T T T T
0.0 0.2 0.4 0.6 0.8 1.0

rlR

Fig. 9. Comparison of radial particle velocity profiles in TFB and CFB.
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still remains about this section, especially about the kind of flow
regime in this region. In order to give a clear comparison between
the flow characteristics in the bottom dense region of the riser,
the bubbling bed and the turbulent fluidized bed regime, the local
flow properties, including solids concentration, particle velocity,
and probability distribution, are examined in detail for the three
regimes. To facilitate direct comparison, measurements of solids
concentration were taken in a bubbling and a turbulent fluidized
bed with the same optical fiber probe as used in the risers. The
superficial velocity in the conventional fluidized bed (0.276 m in
diameter, settled bed height 1.2 m) were at 0.4 and 0.9 m/s, corre-
sponding to bubbling and turbulent flow regime (BFB and TFB,
respectively). Measurements were taken at the height of 1.1 m.
Static bed height was kept at 1.4 m. For comparison, the operat-
ing conditions in the 76- and 203-mm risers were Uy =2.0m/s
with Gy =50kg/(m? s) and U, = 8.0 m/s with G5 =400 kg/(m? s),
and the measuring level was Z=1.5 m. High-density conditions

were established in both cases with the cross-sectional average
solids concentration of 0.16-0.21.

Fig. 8 compares the local solids concentrations for the three
fluidized beds. All the solids concentration profiles show a trend
of increased solids concentration with increasing radial distance.
However, the variation is much greater in the risers increas-
ing from about 0.05 to 0.35, whereas the change for the BFB
case is just from 0.37 to 0.44 and for the TFB was from about
0.2 to 0.44. The most obvious differences occur in the central
region. Towards the wall, the differences become smaller. From
the above analysis, the flow structure in the bottom denser region
of risers are apparently different than that in the bubbling flu-
idized bed. However, just based on the radial profiles of solids
concentration, it is difficult to judge whether the riser bottom
behaves as a turbulent fluidized bed.

Fig. 9 compares radial time mean particle velocity profiles in
aturbulent fluidized bed and in ariser of nearly similar size. It can
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be seen that both upflowing and downflowing particle velocities
(Vp,up and V}, gown, respectively) are significantly lower in the
turbulent fluidized bed, especially in the central region. In addi-
tion, the measured frequencies of V}, up and V), gown are different
in the two fluidized beds. In the core region, the time fraction of
upflowing particle velocity were 61% in the turbulent fluidized
bed and 86% in the riser bottom region, while in the near wall
region, this ratio decreased to 45 and 55% for the TFB and riser,
respectively. As a result, there are some difference between the
much more fractions of particle upflowing upwards in both the
center and the wall regions of CFB, indicating much less solids
backmixing. Therefore, there are differences between the par-
ticle movements in the riser bottom region and the turbulent
fluidized bed, especially in the core region.

Time-series solid concentration signals at three radial posi-
tions (r/R=0.0, 0.67 and 0.92) are presented in Fig. 10 to
compare the dynamic gas—solids flow behaviors in these dif-
ferent fluidized beds. For reference purposes the corresponding
time-averaged solids concentration are also included. As shown
in Fig. 10, the solids concentration signal fluctuates between
zero, when the probe tip is within the bubble/void phase, and
a high value (~0.52), corresponding to the dense/cluster phase.
Significant differences among the signals can be seen for these
different fluidized beds.

Fig. 10 shows that, in the bubbling regime (U = 0.4 m/s), the
signals mainly reside at a base level of about 0.45 with frequent
interruptions from bubbles, represented by the sharp decrease
of solids concentration to near zero. A relatively stable dense
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Fig. 11. Comparison between the probability density distribution of local solids concentration in bottom region of CFB and TFB.
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phase exists at all three radial positions, indicating the solids
phase is the continuous phase in the bubbling fluidized bed with
dispersed bubble phase. When the bed is operated in the turbu-
lent fluidization regime (U = 0.9 m/s), there is quite a difference
between the signals in the center region and the near wall region.
The signals in the wall region still remains at a high level with
some sharp decreases, but in the central region the stable dense
phase is no longer observed, reflecting the breakdown of regular
bubble—dense phase flow structure. This change can be related
to the formation of core—annulus flow structure in the turbulent
fluidization regime, as shown in Fig. 8.

In the bottom dense region of the risers, the solids concen-
tration in the central region mainly stays at low values with
an absence of plateaus of high concentration. The peaks in the
solids concentration signal represent passage of solids aggre-
gates [19,48]. As for the near wall region, the signals shift
to higher solids concentration, with a time-averaged value of
0.34-0.38. These results are consistent with that reported by Lin
et al. [38], but they only compared the transient measurements
in the central region of fluidized bed. From the above analysis,
it can be noted that there is a great similarity in the nature of
instantaneous flow structure in the bottom dense region of risers
and that in the center and middle region of the turbulent flu-
idized bed. Furthermore, at all radial positions the solids volume
concentration signals measured in the risers are obvious differ-
ent from those of the bubbling bed. It is reflected by the facts
that the stable plateaus of high solids concentration are rarely
observed and the intensity of fluctuations is significantly higher
than that in bubbling flow regime. Even in the near wall region,
the instantaneous solids concentrations are always higher than
0.05, totally solid-free bubbles are rarely seen. In the contrast,
in the bubbling fluidized bed, the bulk of bubbles contain few
solids, indicated by the appearances of steep decrease to near
Zero.

To further characterize the phase structures and the interac-
tion between the gas and solid phases in the different fluidization
conditions, the probability density distribution (PDD) analysis
of the solids concentration signals are carried out. Examining
the shape of PDDs and comparing their peaks and tails can be
used to reveal the changes in the dynamic gas—solids distribution
[49,50]. The probability density distributions at different oper-
ating conditions and different fluidization systems are presented
in Fig. 11. Depending on the operating conditions and the spa-
cial locations, single- or two-peak PDD profiles are observed.
The peak in the low/high solids concentration section represents
the solids concentrations in the dilute/dense phase [50]. Two-
peak plots represent the coexistence of dilute and dense phase,
and the single-peak plots indicate the flow is dominated by just
one phase. A flatter and wider distributed PDD likely indicates
a better-mixed flow state and more intensive gas—solids inter-
action. Generally, decreasing gas velocity or increasing solids
flow rate leads to an decrease of the peak in dilute phase and
increase of the peak in dense phase, as well as a longer tail on
the right hand side of the dilute phase peak and on the left hand
side of the dense phase peak.

When comparing the shapes of PDDs with the corresponding
cross-sectional average solids concentration (&), it can be found

that in the bottom region of the risers, when & < 0.1, the PDD
curves exhibit a single sharp peak at all radial positions, with
peaks at solids concentration of less than 0.02. This narrow range
of solids concentration distribution represents a homogenous
dilute gas—solid suspension, which belongs to a dilute transport
regime. However, when & is increased beyond 0.1, two different
types of PDDs are observed. For the region of #/R < 0.5, the PDD
curves still keep the single-peak distribution, like that in dilute
transport. When moving outwards towards the wall, the PDD
shifts to two peaks with a continuous solids concentration. It
is clear that the PDD profiles in the bottom of the risers are
different than that in the bubbling fluidized bed where a clear
two-peak PDD is observed with larger dense phase peak and
almost no singles for the solids concentration between 0.1 and
0.4, indicating a pure two-phase flow structure. Obviously, the
bubbling flow regime is not established in the bottom region
of the riser. As illustrated in Fig. 11, however, there are more
similarities between the PDDs in the region of 7/R>0.5 in the
bottom dense region of the risers (€ > 0.1) and the region of
r/R<0.67 in TFB: flat and continuous PDD over a wide range
of solids concentration and two-peak PDD with larger peak in
dilute phase.

These findings lead to the conclusion that it is not suitable
to simply sort the whole bottom dense region in the riser as a
currently existing flow regime, such as bubbling or turbulent
flow regime. Depending on the values of the cross-sectional
solids concentrations, there are two different flow patterns in
the bottom region of the riser. For & < 0.1, corresponding to
the non-S-shaped axial solids distribution, the flow structures in
the bottom region may be treated as dilute transport flow. When
g > 0.1 where a S-shaped axial solids distribution appears, the
characterization of fluidization shows a gradual transition from
the dilute transport flow regime to the turbulent flow regime
when moving from the central region to the wall. Fig. 11 further
demonstrates that the gas—solids phase structure may be differ-
ent even when there is no or little difference in the time-average
local solids concentration, as shown by the marked difference
among PDDs in the wall regions of risers, and the bubbling and
turbulent fluidized bed.

4. Conclusions

The study reported in this paper seeks to improve the under-
standing of the complex hydrodynamic behavior in the bottom
region of CFB risers. Experiments were carried out in the bot-
tom region of two risers with FCC particles over a wide range of
operating conditions. The results include radial solids concen-
tration and corresponding radial profiles of standard deviation,
particle velocity profiles, and probability density distributions.
Comparisons are made between the flow structures in the riser
bottom region and that in bubbling and turbulent fluidized bed.

According to the cross-sectional average solids concentration
(&s), two kinds of the riser bottom regions are identified: dilute
bottom region with & < 0.1 (non-S-shaped axial solids concen-
tration profile) and dense bottom region with & > 0.1 (S-shaped
axial solids concentration profile). For the dilute bottom region,
the flow structure belongs to homogenous dilute phase flow. For
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the dense bottom region, a core—annulus flow structure with a
uniform dilute core region surrounded by a dense-annular zone
appears. The characterization of fluidization shows a gradual
transition from homogenous dilute phase flow to turbulent flow
regime when moving from the center to the wall.

The influences of operating conditions mainly occur in the
central region 7/R>0.5. At the same operation conditions, the
larger riser appears somewhat denser than the smaller one. Parti-
cle velocity measurements show that the values of average solids
upflowing velocity are significantly increased by increasing U,
and/or decreasing Gy, especially in the central region. However,
the average downflowing particle velocity changes little with
radial positions, suggesting that in the bottom region, the down-
ward movement of particles is dominated by particle—particle
interactions. For the high-density and high solids flux condi-
tions, both the upflowing and downflowing particle velocities
decrease with increasing solids flux.
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